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Abstract

The performance, fouling and feasibility of a polydimethylsiloxane hollow fibre
membrane module for in situ methane degasification from the effluent of an Expanded
Granular Sludge Bed anaerobic reactor has been investigated. Experiments at different
operational conditions were carried out (liquid flow, sweep gas flow and vacuum
pressure) with maximum removal efficiency (77%) at lowest flow-rate (0.4 L h™),
highest vacuum (800 mbar) and liquid flowing in lumen side. Mass transport analysis
denoted a considerably higher methane transfer than that predicted (attributed to liquid
oversaturation). An enhancement factor for liquid phase has been proposed to
correlate the experimental results. Long-term experiments were also performed in
order to determine the possible influence of fouling on the module performance, and it
showed that relatively frequent cleaning with water might be carried out to ensure
preservation of the membrane efficiency. Although energy balance analysis evidenced
that energy production exceeded the system energy requirements, the economic profit
of the process does not seem fully-guaranteed. A substantial reduction of CO,
equivalent emissions showed the positive environmental impact of this technology.
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1. Introduction

The minimization of the loss of residual methane from aqueous effluents of
anaerobically treated wastewater systems has recently attracted growing interest, with
an increasing number of studies about it in the last years [1—4]. This interest is based
on the fact that the recovery of this residual dissolved methane (or at least its removal)
in these effluents presents several potential benefits of a diverse nature: environmental
(avoiding the emission of a powerful greenhouse gas), economic (recovering a power
source) and safety (reducing the possibility of creating an explosive atmosphere).

In addition, it has been frequently described [4—9] that dissolved methane can be found
in these effluents in concentrations above the saturation level, which would suggest
that the impact of the discharge of this residual methane may be even higher than
expected, especially taking into account that more sustainable anaerobic processes
should be carried out at relatively low-temperature [8], ambient or psychrophilic
conditions (<20 °C), which favours the solubility of methane in water.

The development and implementation of a technology to economically recover
dissolved methane from process effluents could improve the viability and sustainability
of anaerobic wastewater treatment [1,4]. In this sense, the membrane hollow fibre
contactor has emerged recently as a promising technology that seems able to
demethanize aqueous streams, with benefits with respect to conventional separation
technologies. Among such benefits are higher volumetric mass transfer coefficients
that lead to compact and smaller systems [9] and avoiding the direct contact of liquid
and gas phases that can frequently lead to problems such as foaming, flooding, and
emulsions [10,11]. So, Bandara et al. [12—14] demonstrated that degasification using a
multi-layered composite hollow fibre degassing module (with porous and non-porous
materials) is a promising technology for improving methane recovery from the effluent
of a bench-scale Upflow Anaerobic Sludge Blanket (UASB) process for treating low-
strength wastewater at low temperature. In a preliminary work, Cookney et al. [6]
showed the potential for recovering dissolved methane from low-temperature UASB
treating domestic wastewater using a polydimethylsiloxane (PDMS) membrane
contactor. This work was continued later by including a polypropylene microporous
membrane contactor, and both synthetic and real anaerobic effluents form the UASB
and membrane bioreactor [15]. The authors also showed that this application could
both be economically practicable and avoid net CO, emissions. Luo et al. [16]
demonstrated that a degassing membrane coupled UASB reactor was able to achieve
in situ biogas upgrading and decrease the dissolved CH, concentration in the
anaerobic effluent. Unfortunately, studies on the removal of residual dissolved methane
from anaerobic effluents are still very scarce, and further research in this field is
needed to improve and deepen the knowledge and performance of this technology,
especially in that related to membrane fouling and long-term experiments.

In this context, research for in situ removal/recovery of methane from the effluent of an
Expanded Granular Sludge Bed (EGSB) anaerobic reactor is being carried out in our
research group. A comparative study of two different degassing membrane contactors
[17], microporous (polypropylene) and non-porous (PDMS), showed that the
performance of both contactors was not very unequal, but wetting phenomena were
observed for the microporous module, which is one of the major potential bottlenecks
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of this type of microporous material. In this sense, dense (or non-porous) membrane
materials can offer a solution to prevent wetting and may simultaneously offer
acceptable mass transfer performances [18].

In the first part of the present work we have extended our previous study [17] with
different operating conditions on the performance of the PDMS module for methane
degassing. An analysis of the experimental results based on a resistance to mass
transfer study is presented. In addition, and as especial novelty, the incidence of
membrane fouling in long-term experiments has been determined. To the best of our
knowledge, this is the first attempt in the literature to study the membrane fouling in
long term experiments in methane degassing of anaerobic effluents. Finally, a
feasibility study considering energy recovery and demand has been carried out for a
given application of a degassing process using a contactor of nonporous membrane of
PDMS.

2. MATERIALS AND METHODS
2.1 Experimental set-up

A commercial hollow fibre membrane contactor module (PDMSXA-250, supplied
by PermSelect®, MedArray Inc., USA) was selected as usual in water degassing

industrial applications. The main properties of the degassing module (DM) are
summarized in Table 1.

Table 1. Characteristics of the non-porous polydimethylsiloxane (PDMS) contactor

module.

Module inner diameter, m 0.016
Module length, m 0.14
Number of fibres 320

Effective fibre length, m 0.083
Inner diameter, um 190
Outer diameter, ym 300

Fibre wall thickness, um 55

Inner area (A)), m? 0.0159

Outer area (A.), m? 0.0250

Shell tube inner diameter, m 0.016

Packing fraction 0.113

Max. liquid flow rate L h™ 12

Typical sweep gas flow rate, L h”' 2.7-27.0
Lumen side volume, m® 7.53 107
Shell side volume, m® 1.48 10°
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Max. shell to lumen TMP*, mbar 1050
Max. lumen to shell TMP*, mbar 3100

*TMP: Transmembrane pressure.

A laboratory scale EGSB anaerobic reactor was operated at 25 °C for almost 3 years.
The EGSB reactor was initially inoculated with 4 L of granular anaerobic sludge from
the wastewater treatment plant of a local brewery. The bioreactor treated 8 L d”' of a
synthetic wastewater polluted with ethanol with an organic load rate of 32 kg chemical
oxygen demand (COD) m™d™”, being a relatively high strength wastewater comparing
with most of conventional anaerobic treatments [4]. A high recirculation flow was
maintained to expand the sludge bed with an up-flow velocity of 10.7 m h™". A liquid—
gas separator device was placed at the top of the reactor, and the biogas was collected
through a sodium hydroxide solution. The methane flow rate and biogas composition
were monitored with a flow meter (MGC-10 PMMA, Ritter, Germany) and a biogas
analyser (Combimass GA-m, Binder, Germany), respectively. Water characteristics
based on pH, conductivity, alkalinity, volatile fatty acids, COD, solids and nutrients
concentrations were periodically checked. A detailed description of the biological
system and procedure can be found elsewhere [19].

A diagram of the EGSB reactor and the DM contactor is shown in Fig. 1. The
membrane module was coupled to the EGSB reactor and fed with a fraction of flow
from the recirculation stream, in which the concentration of the dissolved methane (D-
CH4) was similar to that in the effluent stream. The stream was flowed and then
through the contactor, using a peristaltic pump (Watson-Marlow, USA), resulting in flow
rates from 0.4 to 10.8 L h™'. A stainless-steel filter of 40 ym was set-up prior to
membrane module to avoid DM contactor clogging by the solid particulates from the
anaerobic reactor. This filter was periodically cleaned and no biofilm development was
observed on it. The liquid pressure drop at the inlet and outlet of the membrane was
measured using a portable manometer MP 112 (Kimo, Spain). For vacuum pressure
experiments, a vacuum pump N026.3.AT.18 (KNF Neuberger, Germany) was used for
vacuum operation, getting vacuum pressures (Pyoc) of 140, 500 and 800 mbar. For
countercurrent sweep gas experiments, nitrogen gas with a high purity (> 99.8%)
supplied by Carburos Metalicos S.A. (Spain) was introduced into the contactor with
flow rates ranging between 2.7 and 27.0 L h™ (STP) using a mass flow controller
(Bronkhorst Hi-Tec, The Netherlands).

The DM contactor was operated both in lumen side mode (LS), where experiments
were carried out with the liquid flowing in the lumen side and vacuum pressure or
sweep gas applied in the shell side, and in shell side mode (SS) where the fluids were
swapped.

The selection between vacuum or sweep gas mode operations depends basically on
the aim of the process. Vacuum operation is the most feasible solution when the
recovery of degassing components is desired, since sweep gas operation would
involve subsequent costly separation/purification operations. If the process is carried
out only for liquid degassing, sweep gas mode can be selected since it usually needs
low energy consumption [20]. A combination mode (modest sweep with moderate
vacuum) could be used to enhance the degassing performance by increasing the gas
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transfer driving force [21], but this intermediate situation induces an increase in
energetic costs [20].

Biogas
- —-=—n

Gas wash ﬁ

Vacuum/ Sweep gas
Effluent / Pe
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Fig. 1. Scheme of the set-up of the EGSB reactor and degassing membrane module

Cleaning of the DM module with deionised water at countercurrent flow during 30
minutes was done every day after experiments. A control experiment was repeated
every month to ensure that the DM module was operating without fouling and the
performance was not altered. Every short-term experiment was performed until stable
dissolved methane concentration in the outlet of the DM module was observed, usually
after 60-90 minutes of operation [17]. Discussion of results has been based on the
values obtained at this pseudo steady-state.

Finally, long-term experiments (> 30 hours without cleaning) were carried out to study
the effect of operation time on contactor fouling and performance, and to determine the
cleaning strategy for the application. Sweep gas mode configuration was selected for
these experiments for safety and practical aspects, since long-term operation with the
vacuum pump caused problems of stability and malfunction, as well as noise and
odours in the laboratory.

Two different cleaning protocols were used: conventional soft cleaning where only
deionised water was flowed in countercurrent for 30 min, and a chemical cleaning,
suggested by the DM supplier [21]: sequentially flowed in countercurrent 5% wt/wt of
sodium hydroxide aqueous solution (30 min), deionised water (5 min), 5% wt/wt of citric
acid aqueous solution (30 min) and deionised water (5 min).

2.2 Determination of concentration of dissolved gases

The headspace method was used in the analysis of D-CH,. Liquid samples of 50 mL
were collected at the inlet and the outlet of the DM module and were injected in sealed
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vials of 125 mL prefilled with helium. Vials were shaken vigorously for 30 seconds and
left at 25 °C for 3 hours in an orbital shaker, to allow the gases to equilibrate. After
equilibration, 0.5 mL of the headspace gas was injected into a gas chromatograph
(Agilent GC 7820A, Spain), equipped with Agilent HP-PLOT/Q and Agilent HP-
MOLESIEVE columns. The D-CHy, in liquid phase was calculated as:

_ Cen (Veut HVD)

C. Vi

(1)

where C_ is the concentration of dissolved methane in liquid phase (mg L™), Can the
methane gas concentration in headspace after equilibration (mg L™), V. and Vgy are
volumes of liquid and gas space in the vial respectively (mL), and H the dimensionless
Henry’'s law constant for methane (29.55) at 25 °C [22]. The performance of the
degassing module was evaluated with the removal efficiency (RE, %) of the
membrane, defined as:

_Cui-Cio

RE
Ci1

100 (2)

where C_; and Cy, are the concentrations of dissolved methane in liquid phase (mg L™)
at the inlet and outlet of the DM module, respectively. Samples from the inlet and outlet
were taken in duplicate and were analyzed in triplicate.

2.3 Mass transfer evaluation

Analysis of mass transfer is important both to assess the performance of the DM
contactor and to design/scale up a ‘real membrane unit. In our system, the
experimental overall mass transfer coefficient (Kiexp, M s'1) of CH4 can be determined
from the mass balance applied at the liquid phase in the contactor by the following
differential expression:

dC *

QLJ = - Kiexp (CL-CL) (3)
where Q_ is the liquid flow rate (m® s™), A is the interfacial area (m?), C_ is the
concentration of D-CH, in the liquid phase (mg L™) and C_ is the concentration in liquid

phase (mg L™) in equilibrium with the gas phase, which can be calculated from:

CL =H 'CG (4)

where Cg is the concentration of CH, in the gas phase (mg L™). Integrating expression
(3) through the DM contactor yields:
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The mass transfer process in the membrane contactor can be more easily visualized
and interpreted using the film theory approach. The overall mass transfer process
consists of three resistances in series: the liquid phase boundary layer (R.), the
membrane (R.,), and the gaseous phase boundary layer (Rg). The overall mass
transfer coefficient (K.) can be obtained by summing the partial resistances in series.
So, in a cylindrical geometry like in the hollow fibre contactor, the overall resistance
Rital (= 1/0verall mass transfer) can be described by means of the equation:

U S S S
total T g A HkgAg  HkpAn  kKiApL

=RG+Rm+RL (6)

where kg, ki and k. stand for the mass transfer coefficients in the gas, membrane and
liquid, respectively, Ag and A_ are the membrane surfaces in contact with gas and
liquid respectively, An is the logarithmic mean membrane surface, and H is the
equilibrium partition coefficient of the solute gas in between the gas and liquid phases
(Henry coefficient). Resistance into the gas phase can usually be assumed as
negligible, Rg<<< Rh*+R_, so in this case Eq. (6) can be reduced to:

R S S
total = KLeprL - HkmAml l{LAL

3. RESULTS AND DISCUSSION

3.1 Characterization of the EGSB anaerobic effluent

The EGSB reactor achieved a removal rate of around 31.4 kg COD m™ d”' resulting in
an organic removal efficiency > 95%. The biogas composition was 77% (v/v) CH, and
23% (v/v) CO; and the methane flow rate was 1.65 L h™ (STP). The average dissolved
methane (D-CH,) measured in the water effluent of the reactor was usually around 30 £
5 mg L. This indicates an oversaturation of the anaerobic effluent by a factor of 2 with
respect to the equilibrium D-CH,4 concentration of 15 mg L™ at experimental conditions
[22]. D-CH, oversaturation is commonly observed in anaerobic reactors with
oversaturation factors ranging from 1.3 to 6.9 [5-7,12,23]. Solids concentrations were
measured before and after the filter sited previous membrane module. No appreciable
differences were observed, indicating that water quality was not altered. Values of total
and volatile solids were 3850 +75 and 250 +25 mg L™, respectively.
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At these operational conditions, the amount of methane lost in aqueous effluent
represents around 1% of the total methane produced in the EGSB anaerobic reactor.
Quite disparate values of percentage of methane lost in anaerobic effluents can be
found in the literature [1,3,4,16]. This disparity of percentage of methane lost can be
explained taking into account that the amount of methane (L h™) lost in aqueous
effluent depends on water flow and temperature, which affect to equilibrium
concentration of solved methane, but it is almost independent on organic load and
reactor efficiency. So, high values of percentage of methane lost should be obtained for
low strength wastewater treatments and low values for high strength wastewater
treatments. Luo et al. [16] obtained similar values to those reported in this study,
ranging from 1.6 to 5.6%, using a degassing membrane coupled to an upflow
anaerobic sludge blanket (UASB) reactor, using similar organic load (20 kg COD m™d"
'), and higher percentages (> 11%) have frequently been reported [1,3,4] for different
low strength wastewater treatments (1.1-0.2 kg COD m>d™). In any case, the feasibility
of the membrane process will depend on ability of the contactor module to recover the
amount of methane (L h™') lost in aqueous effluent but not on methane production of
anaerobic reactor.

3.2 Degassing membrane performance

Regarding the removal of D-CH,4 in the DM module, Fig. 2 shows the effect of the liquid
flow rate on the removal efficiency. Some of the results presented have been
previously reported in a former work [17] where a comparison of membrane modules
(porous and non-porous) was carried out, but the conjunction of the results in this study
(reported and not previously reported) provides a more deep knowledge of the
operation conditions. For sake of clarity previous reported experiments have been
plotted in grey filled symbols in Fig. 2 and 3. As can be observed in Fig. 2a,
independently of the vacuum/permeate pressure or of the mode of operation (LS or
SS), methane recovery decreases with increasing liquid flow rate. A similar trend has
previously been reported for membrane degassing of methane [15] or similar
applications [9,24].

The maximum removal efficiencies obtained in our experiments at vacuum operation
mode were of around 77% for experiments at the highest vacuum (800 mbar) and the
lowest liquid flow rate (~0.4 L h™), and operated with the liquid in the lumen side.
Regarding the influence of the transmembrane pressure on the recovery/removal
efficiency of dissolved gases, it has been reported [9,25] that it would depend on both
the nature of the degassed compound and the rest of the operational conditions, such
as the liquid flow rate or sweep gas introduction. The positive influence of the vacuum
pressure on the removal efficiency could also denote that membrane resistance had a
considerable role in the overall resistance of the process [17,26], as will be discussed
later.

According to the DM supplier, the most efficient mode of operation of this type of
module for air liquid degassing is with the liquid on the shell side (outside the hollow
fibres) [21]. However, this mode of operation typically has a lower trans-membrane
pressure (TMP) limitation compared to operating with the liquid on the lumen side
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(Table 1). The reason for the lower pressure limit from shell to lumen is because the
hollow fibres may collapse and be damaged if the pressure from the outside of the
hollow fibre to the lumen side of the hollow fibre exceeds 1050 mbar. On the other
hand, if the pressure from the lumen side to the outside of the hollow fibre exceeds
3100 mbar, the hollow fibres may over-distend and potentially be damaged [21].
Nevertheless, it has been frequently reported that the best performance of different
modules for liquid degassing is achieved when the liquid flows on the lumen side
[24,27]. The best or worst performance of the operation mode can usually be related to
the flow settings (e.g. Reynolds number or dead zones), which condition the mass
transfer resistance.

) 188 i —O— Qu=27L h(LS)
80 1 —A— Quz=2.7 L h1(LS)
I —0— Qup=27 L h}(SS)
07 — Qup=2.7 L h(SS)
o\°60 1
w50 1
0:40 1
30 1 &———0— =u
20 T
10 A
0 f f f f t ;
0 1 2 3 4 5 6 7
Q. Lht
b) 100 L —O—Pyac =800 mbar (LS)
90 T —25—Pyac =500 mbar (LS)
80 T —O—Pyye = 140 mbar (LS)
70 T —[3—Pyac = 800 mbar (SS)
0\060 T
uwid0 T
D:40 T
30 T
20 T
10 T
0 +——t——t—t—t———t——t——t
0 1 2 3 4 5 6 8 9 10 11 12

Fig. 2. Effect of liquid flow rate on the removal efficiency of D-CH, for a) vacuum
experiments and b) sweep gas experiments. LS: Liquid in lumen side. SS: Liquid in
shell side. Filled grey symbols data from [17].

In our experiments, the membrane performance in shell and lumen side modes was
also compared at the highest vacuum pressure (800 mbar, Fig. 2a). As can be seen,
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and in contrast to what was indicated by the DM supplier [21], the shell side mode
showed usually 20-25% lower removal efficiency than the lumen side mode at the
same operational conditions, which could be attributed to a higher cross-section in the
shell part of the module, which means a lower liquid velocity and a higher probability of
channelling.

Thus it is important to know the influence of the fluid operational conditions on each
hollow fibre membrane before selecting the mode of operation and, depending on the
operating conditions of the system, the maximum allowable trans-membrane pressure
(TMP) may limit the way a module should be used [21].

The results of experiments operating with N, as sweep gas can be seen in Fig. 2b
under configurations of lumen and shell side modes. For lumen side operation (LS) the
trends were similar to that described at vacuum operation: RE decreased with the liquid
flow rate, and increased with the sweep gas flow rate (15-20% of difference at Qu, of
2.7 and 27.0 L h™"), except for the experiments at the minimum liquid flow rate 0.4 L h™,
where the results were practically the same at both Q. tested. By contrast,
experiments carried out in shell side mode (SS) showed a different behaviour. In this
mode of operation no significant influence of gas or liquid flow rate on methane RE was
observed, with values of RE around 30-35% at all the flows tested. This ‘plateau’
performance may indicate that when the module is operated in shell side mode,
transport through the PDMS membrane is the predominant resistance to overall mass
transfer. Besides, the fact that the RE of the experiments in LS with higher liquid flow
rates and gas is substantially the same as that obtained with the SS experiments could
corroborate this hypothesis, since in these conditions less resistance to mass transfer
would exist in the liquid phase and gas.

When the performance of vacuum and sweep gas type operation is compared (Figs. 2
and 3), different influences of the liquid flow rate were observed. For the lowest liquid
flow rate tested (0.5 L h™), vacuum operation performs better only for experiments
carried out at the maximum vacuum operation (800 mbar), but a sharper decline in RE
with the liquid flow rate was observed for sweep gas operation, and at medium and
high liquid flow, even operating at the minimum vacuum tested (140 mbar), the vacuum
operation experiments show better RE than the sweep gas experiments.

3.3 Mass transfer study

As has been introduced previously, the overall mass transfer coefficient K e, can be
obtained experimentally from the unit membrane degassing mass balance at the liquid
phase (Eqg. (5)). Variation with the liquid flow rate at different operation modes and
vacuum pressures can be found in Fig. 3a.

According to Egs. (6) and (7), if the resistance of the liquid phase is not negligible, an
increase in liquid flow rate must promote higher values of the overall coefficient. As can
be seen in Fig. 3a, a positive dependence was obtained for liquid flow rate below 6 L h
' especially in LS mode operation, indicating that the liquid mass transfer resistance
can have a predominant role. Nevertheless, when the flow rate was increased until

10
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near the liquid flow rate limit of the unit (12.0 L h™', Table 1), the mass transfer
coefficient drastically decreased.

This unusual behaviour, the decrease of the mass transfer coefficient with the liquid
flow rate, could denote that the membrane unit has an operational flow rate limit from
which the fibres may suffer overpressure that can deform or compress them, which
would reduce its permeability, and increase the membrane resistance.

—O— Py, =800 mbar (LS)
—A— Py, =500 mbar (LS)

—O— Py, = 140 mbar (LS)
—— Py, =800 mbar (SS)

8 9
1

0 "+t
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- 6T
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247
Z31
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1T
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QLa L h-l

Fig. 3. Experimental mass transfer coefficient (Kiex, - AL) for a) vacuum experiments
and b) sweep gas experiments. LS: Liquid in lumen side. SS: Liquid in shell side. Filled
grey symbols data from [17]

As has usually been reported for similar operations [6], the methane mass transfer was
improved by increasing the transmembrane pressure, and the experiment carried out at
800 mbar of vacuum pressure showed the highest overall mass transfer coefficients

11
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(Fig. 3a). These results could suggest that the membrane resistance was non-
negligible at the operational conditions studied and, as has been previously reported
[26,28], the membrane mass transfer coefficient (k) can be positively influenced by
the vacuum pressure of the permeate. In this sense, the membrane resistance
coefficient for dense membranes has been related to the membrane thickness, partial
pressure of the permeate compound, and permeability coefficient [29], which depends
on the properties of both the membrane and compound (barrer = 7.5005 x 107'® m?s™
'Pa™' — STP). For PDMS membranes, values of the methane permeability coefficient at
ambient conditions are usually reported from 850 to 1600 barrer [30-32], with a value
of 950 barrer [33] suggested by the module supplier.

As expected from the removal efficiency results, comparison of the shell and lumen
side operations mode (800 mbar) showed lower overall mass transfer coefficients for
the shell side at vacuum experiments, probably due to their lower liquid velocity.

The values of the mass transfer coefficient for sweep gas experiments can be found in
Fig. 3b. K increased with the liquid and gas flow rate, except for the shell side mode
(gas into the fibres), where the influence of the gas flow rate on the K. was minimal.
The fact that at the highest liquid flow rate the overall mass transfer coefficients are
quite similar, independently of the operation mode, seems to confirm the importance of
membrane resistance at these operational conditions also in the sweep gas
experiments. Assuming that the membrane mass resistance was predominant at the
highest flow rate in the shell side mode (Fig. 3b), the membrane mass transfer
coefficient, kr,, can be obtained from Eq. (7) with a value near the range (10°-10%m s’
") of that reported for dense materials of polymer with the same thickness and
permeability characteristics [18,29].

In Fig. 4a modified Wilson plot is presented, where the different transport resistances
(R = 1/ kA)) for experiments at 500 mbar vacuum are shown. As assumed, the gas
phase resistance can be considered as negligible (<0.5% of overall resistance),
independent of the estimation equation [34,35], and it has not been taken into
consideration for simplification purposes. The white point corresponds to the highest
tested liquid flow rate (Q. = 11 L h™), where, as discussed previously, an unusual
behaviour was observed. This point has not been considered for correlations or further
discussion. The solid line stands for the theoretical liquid resistance (R.= 1/k_A;) where
the liquid mass transfer coefficient, k., has been estimated from the Leveque equation
[36]:

ki d a2y, 1%
L ‘=1.62[ i L] (8)

D LD

where d; (m) is the fibre inner diameter, L(m) the length, v, (m s™) the liquid velocity,
and D the molecular diffusivity of methane in water, reported as 1.76 10° m? s™ [37].
This equation has been demonstrated extensively as correlating the mass transfer in
the lumen side under laminar flow [10,11].
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As we can see in Fig. 4, the experimental overall resistance was significantly lower
than the estimation of the liquid phase resistance, indicating that the mass transfer
resistance in the liquid phase is much lower than that predicted by the theoretical
correlations. This enhancement of component mass transfer has been described
previously when oversaturation conditions of degassed component exist in the liquid
phase [15] and it should be taken into account in design considerations, to avoid
excessive oversizing of units. In this sense, to include in the mass transfer resistance
model the effect of methane oversaturation, this study proposes the introduction of an
enhancement factor for driving the mass transfer (E) in liquid phase transfer associated
with oversaturation, analogous to that used when chemical reactions take place in the
liquid phase. So, the mass transfer resistance Eq. (7) can be expressed as:

1 _ 1 4 1 ©)
KLeprL HkmAml E kLAi

The dotted line in Fig. 4 represents the linear correlation of the experimental overall
resistance (black square points) with Eq. (9) considering the Leveque equation for k.
As can be seen, a relatively good correlation (r* = 0.9) with a value for the
enhancement factor (E) of 1.6 from the slope of the linear correlation was obtained.
The dashed line shows the membrane resistance obtained from the intercept (R, =
1/HkmAm = 1.64 10° s m'3) of the linear correlation. This value is quite similar to that
reported previously [18,29] for this compound, and material permeability and thickness.
As can be seen (Fig. 4), the membrane resistance seemed non-negligible, ranging
from 7 to 20% of overall resistance, especially for high liquid velocities.

40
3 Liquid Resistance (R,)
5 -
o P m===- Membrane Resistance (R,
o 30T . .
= L eeeeccccnes Linear Correlation
e 21
= 20 7 -
<
v 15
< . | o
It T ey
i i
5 -+
O 1 1 : 1
0 1 2 3 4 5

Fig. 4. Modified Wilson plot of results in lumen side mode at. 500 mbar of vacuum
pressure. Points: experimental overall resistance (Reww= 1/KiexpAi). Solid line: liquid
resistance (R.= 1/k,A;) estimated from Leveque equation [36]. Dotted line: linear
correlation of experimental points with Eq. (9). Dashed line: membrane resistance (Ry,).
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3.4 Long-term performance: fouling

The period from which membrane fouling considerably affects the DM performance and
when it must be cleaned is especially important in real industrial continuous treatments,
where cleaning stages must be planned and taken into account for economic
considerations. The appearance of the fouling phenomenon in DMs for methane
recovery in effluents of anaerobic treatments has not been studied in the specific
literature and most previous studies [4,15,17] have been carried out at a relatively short
time-on-stream (<1 hour), without fouling interference. Only the studies developed by
Bandara et al. [12,13] indicated that membrane fouling of the DM was insignificant for
their long-term experiments (>30 days).

As explained earlier, long-term experiments were performed in order to determine both
the possible influence of fouling on the contactor performance and the frequency of
cleaning that should be used to maintain the desired methane recovery/removal
capability. These experiments were carried out in the sweep gas mode configuration.
Initially, a lumen side mode experiment was carried out, as shown in Fig. 5a. As can be
seen in this figure, the performance in this experiment was kept almost stable/constant
(RE around 60—65%) for approximately 120 hours of operation, but after this period an
appreciable and continuous decrease in efficiency was observed. This decrease was
attributed to fouling phenomena on the membrane, which was corroborated, since,
after conventional cleaning with deionised water, the initial activity was completely
recovered (around 65% of RE). Despite the use of a filter that prevented the passage
of particles > 40 microns, the appearance of fouling was relatively early, but seemed
reversible with a soft cleaning. Natural organic matter related to microbial and
extracellular polymer substances has been described as the major type of foulant in
biological wastewater treatment units [38] and most of them can present a size lower
than 40 microns. Biofouling has been described as a major concern in anaerobic
membrane bioreactors, limiting more widespread application of this system in
wastewater treatments [39].

As can be seen in Fig. 5b, the results for shell side mode operation at the same liquid
operational conditions were quite different. The duration of the initial period of stable
performance (RE around 35%) was considerably lower than that observed in lumen
operation (< 50 hours). This faster deactivation may be related to the lower velocity of
the liquid in the SS operation, which may favour the deposition of particles from the
biological process and therefore the fouling effect. Moreover, with conventional
cleaning (water cleaning 1 in Fig. 5), RE recovered only partially (around 20%) but did
not reach the initial performance and after a period of almost 50 hours the performance
decreased again. As the RE did not completely recover, it was assumed that a residual
fouling, that was difficult to remove with water, increased the resistance to methane
mass transfer, so a chemical cleaning protocol was used to try to remove this fouling
and restore the initial performance. Two consecutive chemical cleanings (chemical
cleanings 1 and 2 in Fig. 5b) were needed to restore the RE to values similar to the
initial ones, but a decrease of performance appeared only 20 hours later. Further water
or chemical cleaning protocols did not restore the initial performance and a
performance decrease appeared almost immediately (1-2 hours). This behaviour could
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be attributed to an irreversible/recalcitrant biofouling promoted by the growth of
biologically active microorganisms to form biofilms. A less probable damage to the
membrane from the use of the chemical cleaning protocol could also provoke the same
effect. In any case, this DM unit was discarded for the rest of the experiments.
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Fig. 5. Effect of long-term operation on RE. a) Lumen side mode: Q,=1.8 L h™'. Qno= 12
L h™". b) Shell side mode: Q =1.8 L h". Qy,=2.7 L h™.

These results highlight the importance of choosing an appropriate strategy for
membrane fouling control and membrane cleaning [40], especially in biological
treatments where, additionally, a complex chemistry is involved and different
mechanisms and synergistic effects can promote the appearance of fouling [38]. So,
taking into account that during the short-term experiment phase, the occurrence of
fouling was not observed, despite the more than 5000 hours of accumulated operation
(3000 h in LS and 2250 h in SS), a similar cleaning strategy to that used in that phase,
based on a daily water backwashing of about 30 minutes, could be proposed for this
process.
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3.5 Feasibility: energy and economic considerations

As was argued formerly, vacuum operation offers the potential to deliver much higher
recovered gas purities, since it minimises gas-side dilution by avoiding the addition of
dilutive sweep gas, and an elevated concentration of methane can be obtained [20].
Therefore, only this operation mode has been evaluated for the energy and cost
efficiency.

In order to determine the efficiency of the recovery of methane, a comparison between
energy recovered as methane and the energy demand of the operation must be carried
out. In this case, the power demand of vacuum (blower) and liquid flow (pump)
operations will be considered. Blower/compressor power consumption (W) can be
calculated for an isentropic process from the following expression [4]:

y-1
4 Y RT, (P_D>V ~ (10)
W ke ™= 351 | (5 1

Po and P, are discharge and suction pressure, respectively, y is the isentropic
expansion coefficient of gas, R is the constant of ideal gases, M is the molecular weight
of the gas, and T, is the temperature of the suction. Assuming a vacuum pump
efficiency of 0.65, the power demand can be calculated. For liquid flow, the power
consumption in the membrane can be estimated from:

P =Py

W kg™1)= + YF (11)

where P, and Po are the inlet and outlet pressure, Y F is the friction loss (estimated as
20% of the total power demand) and p is the liquid density. A pump efficiency of 0.65
was also assumed in this study.

Assuming an electrical conversion efficiency of methane of 35%, the energy required in
vacuum operation ranged from 0.2% to 3% of the recovered energy as methane in the
membrane for 140 mbar and 800 mbar of vacuum pressures, respectively. The pump
operation was always lower than 0.01% of the recovered energy and therefore it can
be considered as negligible. As the amount of methane recovered increased with
vacuum pressure and RE, to compare different operational conditions the parameter
Saved Energy has been defined as the difference between the recovered electrical
energy and demand of vacuum operation energy per cubic meter of treated effluent.

Fig. 6 shows the variation of the recovered energy per cubic meter of effluent versus
the anaerobic effluent flow rate. As observed, the saved energy was positive in all
cases, and showed an optimum value for liquid flow rate of around 2—6 L h™* for lumen
side operation. These results show that, even when using conservative values for the
process included in the energy balance, a net energy production can be obtained from
the recovery of methane in anaerobic effluents. Similar conclusions have been recently
reported [4,15].
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In addition, the renewable energy that can be produced from the recovered methane
can offset the carbon footprint of D-CH, in anaerobic effluents, which indicates that
integrating this technology in the anaerobic treatment of wastewater can even become
carbon-positive. The environmental interest of this technology is clearly demonstrated
when the emission to the atmosphere of around 0.20 kg CO, equivalent m™ effluent is
avoided with every 25% of removal/recovery efficiency (RE) of the process. In an
anaerobic treatment of 100 m®effluent h™ and for a RE of 60-70%, it would be possible
to avoid the emission of 400-500 tons of CO, equivalent per year.

600
—/— 140 mbarLS
500 F =—0O—500 mbarLS
—{+800mbarLS

=800 mbarSS

Saved energy (KJ M3 et

0 1 L L 1 1
0 2 4 6 8 10 12

Anaerobic effluent flow-rate (Lh?)

Fig. 6. Saved energy at different operational conditions. LS: lumen side, SS: shell side.

From an economic point of view, the energy saved seems relatively low: for example,
500 kJ m™ effluent (near the maximum value in Fig. 6) means that approximately 0.140
kWh m™ effluent can be saved. These values are in agreement with those recently
reported [4,6,15]. Assuming an electricity cost of 0.100 € kWh™, around 0.014 € per
cubic meter of treated effluent could be obtained in the methane recovery operation. In
these conditions, for an anaerobic treatment of 100 m? effluent h™', the economic saving
from the produced electricity would be of only around 10 000-12 500 € per year.
Taking into account that capital cost of membrane process was reported to be in the
range of 1 000-1 200 € per m*® h™ [41], that annual saving could serve to fund at least
partially investment and/or operational costs (personnel, cleaning and others), but does
not seem sufficient to fully assure the financial viability of the process. Further
reduction in capital cost of membranes seems still necessary to guarantee the
economic yield of the process.

4. Conclusions

The performance and viability of the use of a polydimethylsiloxane hollow fibre
membrane module for in situ methane recovery/removal from the effluent of an
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Expanded Granular Sludge Bed (EGSB) anaerobic reactor has been studied. The
methane concentration in the biological reactor effluent was around two times higher
than saturation equilibrium. The maximum removal efficiencies obtained in our
experiments at vacuum operation mode were of around 77% for experiments at the
highest vacuum (800 mbar) and the lowest liquid flow rate (~0.4 L h™"), when operated
with the liquid in the lumen side. Independent of the operational conditions, shell side
mode showed lower removal efficiency than lumen side mode, which was attributed to
the lower liquid velocity and a higher probability of channelling of the shell part of the
module. The comparative performance of vacuum and sweep gas type operations
depended on the liquid flow rate and vacuum pressure.

Mass transport analysis denoted that the methane transfer was enhanced by liquid
oversaturation and the overall mass transfer coefficients were considerably higher than
predicted by theoretical models. An enhancement factor for liquid phase has been
proposed to correlate the experimental results, with a value of 1.6 for 500 mbar
vacuum pressure operation in LS mode. Additionally, the membrane resistance
seemed non-negligible, ranging from 10 to 30% of overall resistance, especially for low
liquid velocities.

In the first attempt in the literature to study the long-term behaviour of a DM module for
methane degassing, a faster deactivation in the SS mode operation was observed,
related to the lower velocity of the liquid in this mode that can favour the fouling effect.
Fouling seemed to depend little on the mode and operational conditions, and a
relatively frequent cleaning with water might be carried out to ensure preservation of
the membrane efficiency during long periods.

The energy balance analysis showed that energy production exceeded the system
energy requirements for all the operation conditions, although it does not seem enough
to guarantee the economic yield of the process. A considerable reduction of CO,
equivalent emissions showed the positive environmental impact of this technology.
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